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1. SUMMARY

Three-phase fluidized beds are expected to have increasing application
in coal liquefaction and gasification. An investigation of fluidization
and mass transfer in a cocurrent three-phase fluidized bed has been initiated
by the Chemical Technology Division at ORNL.

The experimental apparatus consisted of a 3-in.-diam column with water
and air-carbon dioxide feed 1ines. Four packings were used to study changes
in fluidization and mass transfer due to size, shape, and density. Pressure
drop and volume fractions of the three phases were measured for a number of
1iquid flow rates for each of four gas flow rates. Incipient fluidization
was determined from a plot of pressure drop versus liquid flow rate as the
point where the pressure drop dependence on liquid flow rate is ended.
Quantitative correlations of incipient fluidization and volume fraction for
each phase to the flow rates were investigated. The solid volume fraction
has the following correlation with the Tliquid velocity:

_ UL ,-0.076+0.02
eg = 0.51(Ume)

The remaining data were scattered due to experimental error and could not
be correlated. Several experimental improvements are suggested.

Concentration profiles were measured experimentally by sampling the
liquid phase at five heights in the column, and the best dispersion coef-
ficient for a backmixing model for each experimental run was determined.
Alumina beads produced plug flow fluidization and a higher mass transfer
coefficient, while the Plexiglas beads produced a column with a higher
dispersion coefficient and a lower mass transfer coefficient than a bubble
column at comparable flow rates.

2. INTRODUCTION
2.1 Background

Three-phase fluidized beds, consisting of solid particles fluidized by
gas and liquid flows,are expected to be applied in coal liquefaction and
gasification processes. The three-phase fluidized bed would consist of
solid catalyst particles, a 1iquid slurry of pulverized coal in a coal-
derived 0i1, and hydrogen gas. Three-phase fluidized beds are currently
used for the catalytic hydrogenation of 1liquid petroleum fractions. A
program to determine the operating characteristics of a three-phase flui-
dized bed has been started by the Chemical Technology Division of ORNL.



2.2 Previous Work

A previous MIT group (1) has investigated operating characteristics
and mass transfer in the three-phase fluidized bed. The required liquid
velocity for minimum fluidization and the pressure drop across the flui-
dized bed decreased as the gas velocity increased. Increasing superficial
gas velocity increased the gas volume fraction and decreased the solid
volume fraction. Increasing superficial Tiquid velocity decreased the
overall gas and solid volume fractions. Mass transfer in the fluidized
bed with 4x8 mesh alumina was closely approximated by a plug flow model.
The overall mass transfer coefficients which were found are presented in
Table 1.

Table 1. Previous Mass Transfer Results (])

KL 2ps (sec-1) Ug (cm/sec) U (cm/sec)
0.018 10.4 3.1
0.072 10.6 5.5
0.10 10.4 5.5

Michelson and Ostergaard (2) reported the relation of the dispersion
and mass transfer coefficients in three phase fluidized beds to 1iquid flow
rate for particles of several sizes and a density of 2.6 gm/cc. Particles
of 6-mm diameter were found to increase the mass transfer coefficient com-
pared to a bubble column, while 1-mm particles decreased it. The dispersion
coefficient increased with liquid flow rate and decreased with Tiquid volume
fraction, which is a function of the gas flow rate.

2.3 Objectives

The objectives were: (1) to propose a method for determining the liquid
volume fraction independently of the gas and solid volume fractions, (2) to
investigate further the effect on fluidization of the following hydrodynamic
variables - column pressure drop, gas and 1iquid fluidization velocities, and
the volume fractions of the three phases, (3) to determine overall mass trans-
fer coefficients for two packings and an open bubble column, and (4) to cor-
relate hydrodynamic variables and overall mass transfer coefficients with
those reported previously.



2.4 Method of Approach

The effect of hydrodynamic variables on fluidization was studied using
a 3-in.-diam Plexiglas column. Four packings (4x8 and 8x12 mesh alumina
beads, 0.25-in. Plexiglas spheres, and 3/32-in. Plexiglas cubes), varying
in size, shape, and density were fluidized by a range of gas and Tiquid
superficial velocities spanning the region of incipient fluidization. The
volume fractions of the three phases in the three-phase region of the col-
umn were recorded. Correlations of the data with a least squares computer
program were attempted.

The absorption of carbon dioxide gas into the liquid phase was studied
at a relatively constant extraction factor, F,

U (1)

for flow velocities in the fluidized range. With the experimental flow data
and carbon dioxide concentration measurements, computer programs were used
to calculate the best dispersion coefficient and overall mass transfer
coefficient for the experimental concentration profile in the column. The
results of the mass transfer experiments were then compared to find the
dependence of the calculated coefficients on packing density and the degree
of fluidization.

3. APPARATUS AND PROCEDURE

3.1 Apparatus

The three-phase fluidized bed operated in a 3-in.-diam x 5-ft-long
Plexiglas column which was equipped with a sight tube to measure the pres-
sure drop through the column. Sample ports were located approximately
every 10 cm up the column. A diagram of the 3-in.-diam column is shown
in Fig. 1.

Water from two feed tanks entered the column bottom after passing
through a rotameter. A 50-mesh screen above the 1iquid inlet distributed
the liquid evenly across the column. Air and carbon dioxide were passed
through separate rotameters before mixing in a surge tank. The gas stream
entered the column through a distributor located 1.5-in. above the liquid
screen distributor. Liquid overflowed from the column top through a screen
into a 1-in.-diam hose to either the drain or the top of a 6-in.-diam
Plexiglas column. The liquid drained from the 6-in. column into a feed
tank. The 6-in. column contained 0.25-in. Raschig rings and 3/32-in.
Plexiglas cubes. Air could be passed through the column countercurrent to
the Tiquid to operate the column as a carbon dioxide stripper. A diagram
of the entire apparatus is shown in Fig. 2.
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The previous MIT group had difficulty maintaining a stable Tiquid
level above the drain outlet. To maintain the Tiquid level above the
column outlet, the drain hose was initially elevated on a metal support.
At high flow rates, the hose filled completely with water, siphoning the
liquid level down to the column outlet. This broke the siphon and the
1iquid Tevel then increased until the height of the top of the hose was
reached. Again the siphon formed, lowering the level. The instability
in the 1liquid level was corrected by installing a vent at the maximum
height of the drain line which prevented siphon formation.

3.2 Hydrodynamic Experimental Procedure

The fluidization behavior of four packings (4x8 mesh and 8x12 mesh
activated alumina beads, 3/32-in. Plexiglas cubes and 0.25-in. Plexiglas
spheres) distinct in size, density, or shape was studied in a cocurrent
three-phase fluidized bed as a function of superficial 1iquid and gas
velocities. The volume fraction of each phase was determined as a function
of the superficial gas and 1iquid velocities as well as the size, density,
and shape of the solid particles.

For each of the five superficial gas velocities ranging from 0 to 3.5
cm/sec, the Tiquid superficial velocity was varied approximately +75% from
incipient fluidization. The operating conditions for the experiments are
summarized in Table 2.

The pressure drop through the column was measured by comparing the
1iquid height in the -column to that in a parallel sight tube. This dif-
ference was corrected for the pressure drop of the bubble column region.

Experiments for each packing, except the 3/32-in. Plexiglas cubes,
were run with two different static bed heights in the column. The average
gas volume fraction for each column was found by stopping all fluid flows
simultaneously and measuring the drop in the 1liquid Tevel. The gas volume
fraction in both the three-phase region and the bubble column was assumed
to be independent of static bed heights. The gas volume fraction for
each region could be determined by solving the simultaneous equations
derived for the two columns (see Appendix 8.3). The solid volume fraction
was calculated from:

_ M
- pSAH (2)

£s
The 1iquid volume fraction was determined from:

g = 1 - €g - € (3)

Procedural details are presented in Appendix 8.1.



Table 2.

Operating Conditions for Hydrodynamic Experiments

Lower Bed Higher Bed

Run Ps Height, h1]  Height, hy U Us
No. Packing Material Size of Packing Lgm/cm3) (cm) {cm) (cm/sec) (cm/sec)
II alumina 8x12 mesh spheres 1.63 22 55 0-4.1 0
(0.21 cm ODg 0.57
1.51
2.47
3.51
IIT  none - - 40.2 - - 0.57
(bubble column) 65.7 1.51
87.2 2.47
121.7 3.51
IV alumina 4x8 mesh spheres 1.93 22 40 0 -7.48 0
(0.64 cm 0OD) 0.57
1.51
2.47
3.51
v Plexiglas 3/32 in. (edge) 1.17 34 - 0 -5.0 0.28
cubes 0.57
1.17
1.75
VI Plexiglas 0.25 in. spheres 1.17 26 50 0 - 5.0 0
(0.64 cm 0OD) 0.57
1.51
2.47

3.51

oL
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3.3 Mass Transfer Experimental Procedure

Overall mass transfer coefficients for the absorption of carbon dioxide
into water were determined for an open bubble column and for a fluidized bed
with two packings of different densities: 0.25~in. Plexiglas spheres and 4x8
mesh alumina beads. The choice of flow rates in the fluidizing region was
constrained to a constant extraction factor of less than 0.6, which minimizes
error in the computation of the overall mass transfer coefficient (1).

Each packing was operated at and above incipient fluidization conditions.
Incipient fluidization conditions for the alumina were used for one Plexiglas
run as a comparison. The Plexiglas flow conditions were used again for the
bubble column runs to provide another comparison. These conditions are later
summarized (see Table 5 in Sect. 4.2).

The initial carbon dioxide concentration in the air flow was determined
from the separate gas flow rates. Absorption was monitored by titrating
samples from a sample port with an automatic titrator until steady state was
reached. Then four samples from each of the column sample ports were ti-
trated and the results were averaged. The water flow was stopped, and the
1iquid became saturated with carbon dioxide. The value of Henry's Law
constant was then found from the liquid carbon dioxide concentration. Pro-
cedural details are presented in Appendix 8.2.

With the flow and titration data, a computer program TPFBED was used
to calculate the concentration profile and the overall mass transfer coef-
ficient; plug flow behavior was assumed for both phases (see Appendix 8.6).
Computer programs TPFBED and BLE were then used to calculate the overall
mass transfer coefficient for a plug flow gas and dispersed liquid model.
The dispersion coefficient was varied to obtain the best fit of the predicted
concentration profile to the experimental profile. The overall mass transfer
coefficient was also calculated for a gas phase in plug flow with
an ideally well-mixed Tiquid phase (CSTR model). The equations
relating concentration and the overall mass transfer coefficient for the
models are shown in Table 3. Overall mass transfer coefficients were corre-
lated with hydrodynamic and flow variables. A description of the computer
programs used to analyze the data is found in Appendix 8.6.

4, RESULTS AND DISCUSSION
4.1 Hydrodynamics

The forces acting on a fluidized bed are an upward drag force, APA,
and the downward buoyant weight of the particles, W,, in the medium. At the
point of fluidization, these forces are equal:
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Table 3. Dimensionless Concentration for Various Mixing Models (1)

1. For a model in which there is no axial mixing in gas or liquid
phases:

-L(F+1)(KLa h)1/u
F+
X = e (4)

2. For a model in which there is no axial mixing in the gas phase
and in which the axial mixing in the 1iquid phase is characterized by a
finite dispersion coefficient:

2L il
up H1
i 1 1 uze u]e
X = - (F+1|) * F+1 ELUZ ELU'] (5)
-5 -0
M2 M
-Uze U'Ie -
where: E(NTU) 1 E(NTU) 142 , 4E 1
SRR Syl TR AL
Mo = 2E/FU, H (&)
Ho < H
NTU is varied until X . i ,1ated = Xexperimenta1'

3. For a model in which there is no axial mixing in the gas phase and the
axial mixing in the liquid phase is characterized by an invinite dispersion
coefficient:

X = TFRLah/U; (7)

1+F-e
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BPA = W= (1 - € )(pg = oy )HA (8)

Equation (8) can be rearranged to give:

A
( p AP

wb/ﬁ)at incipient fluidization - es(pS - pns)H 1.0 (9)

The ratio of the drag force to the weight is interpreted as a fractional
approach to fluidization.

Typical curves of the nondimensional pressure drop, AP/(Wy/A), as a
function of the flow rates for 4x8 mesh alumina beads are shown in Fig. 3.
The pressure drop through the three-phase region was calculated by sub-
tracting the bubble column contribution to pressure drop from the total
column pressure drop. The buoyant weight of particles in the static 1liquid
was used in the weight per unit area term. The force ratio in the fluidized
bed region does not reach a value of one for the curves with higher gas
flow rates.

The gas fraction is incbrporated into the force ratio by replacing
the 1iquid (or non-solid) phase density with an appropriate term:

AP _ AP (10)
W 7R eclog - (egpg + P ) IH

where:
6
eé = ——2_  normalized gas volume fraction
EG + EL
L
el = EE—I—EE , normalized Tiquid volume fraction

The non-solid density is now a function of the gas and liquid.volume frac-
tions and densities. The modified equation should result in curves with a
dimensionless pressure drop equal to one in the fluidized region within
experimental error. A correlation of the non-solid volume fraction with
the operating variables (e.g., the superficial gas and liquid velocities,
and packing size, shape, and density) enables a direct correlation of
fluidization to these variables.
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4,1.1 Effect of Flow Rates on Pressure Drop

Two flow regimes occurred in each run: the packed bed regime in which
the force ratio is a linear function of superficial liquid velocity at a
constant superficial gas velocity and the fluidized regime where the pres-
sure drop is independent of the liquid flow rate. The only parameter
varying with the force ratio is the pressure drop. Thus, the curvature
in the packed bed region is due to a linear function between the pressure
drop and the superficial 1iquid velocity. The flow velocities at the
intersection of the packed bed and the fluidized bed curves are called
the incipient fluidization velocities. At this point the packed bed
arrangement is disrupted and the bed begins to expand. At higher Tiquid
velocities the non-solid volume fraction is increased, resulting in
decreasing resistance to flow and a constant pressure drop.

The curves in Fig. 3 shift leftward and downward with increasing super-
ficial gas velocity. For a constant 1iquid velocity in the fluidization
region, as gas velocity increases, the void fraction increases, resulting
in a lower pressure drop. Similarly in the packed bed region, at a constant
liquid velocity, the increase in gas velocity decreases the space through
which 1iquid flows. The pressure drop increases and the fluidization occurs
at a lower liquid velocity.

4.1.2 Relation of Gas and Liquid Velocities at Incipient Fluidization

The relation between gas and 1iquid velocities at incipient fluidiza-
tion is illustrated in Fig. 4. A lower liquid velocity is required for
smaller particles to reach incipient fluidization for a constant gas
velocity. For a given gas velocity and packing, as the bed height is
increased, the incipient 1iquid fluidization velocity decreased in most
cases. At some liquid velocity, characteristic of the packing, the in-
cipient fluidization point becomes nearly independent of gas velocity.

A gas-solid bed of 0.25-in. alumina spheres is predicted to fluidize at
a superficial gas velocity of approximately 200 cm/sec (1), which is ahove
the gas velocities of 0 to 4 cm/sec observed in Fig. 4.

The gas distributor located 3.8 cm above the liquid distributor may
cause an end effect or a region in the lower part of the column which is
fluidized only by liquid. As the gas velocity increases for a very Tow
bed height (23.8 cm), the incipient 1iquid fluidization velocity should
remain constant. As the bed height increases, the importance of this end
effect should decrease. To test this hypothesis, experiments should be
conducted for different heights of packing in a column where the Tiquid
and gas distributors are on the same plane. If the incipient fluidization
velocities are independent of height, the end effect hypothesis is correct.

4.1.3 Effect of Flow Rates and Bed Height on Solid Volume Fraction

In Fig. 5 the solid volume fraction of 4x8 mesh alumina is plotted as
a function of the superficial gas and liquid velocities and the bed height.
The packed bed and fluidized bed regions are distinct. The solid
volume fraction remains constant at 0.6 as 1iquid velocity increases from
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0 to n3 cm/sec and then begins to decline. In the force ratio and super-
ficial 1iquid velocity correlation, the pressure drop increases with higher
Tiquid velocity while the bed height remains constant. Then the bed
expands and the pressure drop remains constant. The change in the slope
for the solid volume fraction at about 3 cm/sec corresponds closely to the
onset of fluidization predicted by the incipient fluidization velocities
correlation. The solid volume fraction is essentially independent of
superficial gas velocity and bed height.

4.1.4 Effect of Flow Rates on Gas Volume Fraction

In Fig. 6 the gas volume fraction in the three-phase 4x8 mesh alumina
bed is plotted as a function of the superficial liquid and gas velocities.
Since the data are scattered, further work is necessary to eliminate the
possible sources of error in the gas volume fraction determination. The
errors that occur in measuring the various heights and flows should be
minimized. A method for removing the gas that is retained in the bed after
the gas flow has been shut off should be developed. Finally, liquid flowing
into and out of the column could not be halted exactly at the same moment;
a ball valve installed in the exit 1ine at the column outlet would be a
major improvement. A least-squares fit to the data produced no statis-
tically significant results.

4.1.5 Effect of Packing Characteristics on Volume Fractions

The volume fraction for each phase was investigated as a function of
size, density, and shape factor. The particle size is represented by its
diameter. The shape factor is the ratio of the surface area of a spherical
particle having the same volume of the particle to the area of the particle.

The effect of diameter on volume fractions for constant density, shape,
bed height, and flow rates was studied by comparing the 4x8 and 8x12 mesh
alumina beads. Qualitatively, as diameter increased, both Tiquid and gas
volume fractions in the three-phase region increased while the solid volume
fragtion decreased.

The effect of particle density on volume fractions was investigated by
comparing 0.25-in. alumina and Plexiglas spheres while the other parameters
remained constant. As density increased, the gas and solid volume fractions
increased while the liquid volume fraction decreased.

The effect of particle shape on volume fraction using two pack-
ings, 3/32-in. Plexiglas cubes with a shape factor of 0.81 and 0.25-in.
Plexiglas spheres with a shape factor of 1.0, was investigated. The non-
wetting action of grooves on the cubes caused a large portion of the cubes
to remain at the top of the column since small air bubbles were attached to
the cubes. Consequently, the bed was not uniformly fluidized and the data
for this packing were uncertain, so no qualitative correlations could be
made.
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4.1.6 Multiple Linear Regression for the Solid Volume Fraction Correlation

Only the data for the solid volume fraction and incipient fluidization
are sufficiently consistent to be correlated quantitatively as a function
of the superficial gas and liquid velocities. The superficial velocities
and solid volume fraction were related to the minimum fluidization veloci-
ties. Two empirical relations were considered:

U
() o gD (1)
Ut Ulme
and
‘s a(ﬂtmf)b(uG)c (12)

As shown in Fig. 5 the solid volume fraction decreases with increasing
Tiquid velocity in the fluidized region, but was independent of flow in
the packed bed region. Thus, a correlation was derived for the fluidized
region alone.

For Eq. (11) the minimum fluidization liquid velocity at zero gas
velocity was determined experimentally by eliminating the gas flow. Since
the gas velocity required to fluidize the solid bed for a gas-solid system
was beyond the capability of the present apparatus, the minimum gas fluidi-
zation velocity at zero liquid flow was calculated by applying the Blake-
Plummer variation for turbulent flow of the Ergun Equation (see Appendix
8.3.4). These minimum fluidization flow rates were used to normalize the
three-phase incipient fluidization velocities. Equations (11) and (12)
were applied separately to each of the three packings. Additionally, the
solid volume fraction correlation was applied to data for all packings,
making the correlation independent of packing characteristics. The summary
of the results using the multiple linear regression program, MLRZ, is
shown in Table 4.

The multiple correlation coefficient and the F-value for the regres-
sions are listed in Table 4. A correlation coefficient is a measure of
the degree of relation among variables. A correlation coefficient of 1.0
indicates a perfect relation among the variables; a correlation coefficient
of 0.0 indicates a completely random relation. The F-value is a test for
the significance of the multiple regression. Generally, as the F-value
increases the correlation becomes better.

Lower correlation coefficients were found for the minimum fluidization
velocity regressions in comparison to the solid volume fraction correlations
probably because the greater dependence of the minimum fluidization veloci-
ties on bed height was neglected in the empirical relations. None of the
minimum fluidization velocity relations, having greater standard deviations
than the regression coefficients, were significant. '



Table 4. Results of Hydrodynamic Correlations

combined

Ug Up
A) for (Ehh) = a(pm
G Lnf
K Multiple Correlation
" Type of Packing a b+ lg c +lo Coefficient F-Value
4x8 alumina 6.325 x 10 -0.177 + 0.328 0.187 0.290
8x12 alumina 4.445 x 10° -0.248 + 0.294 0.258 0.714
L%-in. Plexiglas 2.422 x 10° -0.266 + 0.416 0.208 0.408
U \b
B) for e« = al7—) (U.)
S Ume G
4x8 alumina 0.559 -0.020 + 0.012 0.001 + 0.0004 0.544 9.265
8x12 alumina 0.629 -0.205 + 0.017 0.004 + 0.008 0.883 68.795
4-in. Plexiglas 0.455 -0.196 + 0.050 -0.014 + 0.042 0.480 8.078
3 sets of data 0.509 -0.076 + 0.020 0.002 + 0.002 0.304 7.283

Le
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The correlations found for the solid volume fraction relations are:

_ UL 1-0.02+0.012
®S(4x8 alumina) 0.559 (=) -

U .-0.205+0.017
°s(8x12 alumina) - 0-62% (g -

UL -0.196+0.050

= 0.455( )

®5(0.25-1n. Plexiglas) >

U, .-0.076+0.020
©S(combined) - 0-309(g=)

mf

For the above cases the confidence level exceeded 99.9%. The solid volume
fraction dependence on the superficial gas velocity was eliminated, since
the regression coefficients were neither significant nor justified with
standard deviations equal to or greater than the coefficient. The inde-
pendence of the solid volume fraction of the superficial gas velocity
contradicts the findings of Saad et al. (1) which were based on a limited
number of runs at a lower bed height. Saad et al. found a significant
dependence of the solid volume fraction on superficial gas velocity.

4.1.7 Independent Determination of Liquid Volume Fraction

In previous studies the 1iquid volume fraction has been determined as
the residual after the other experimentally determined fractions have been
subtracted from one [Eq. (3)]. The compounded effect of errors in the gas
and solid volume fractions on the Tiquid volume fraction should be elimi-
nated by determining the liquid volume fraction independently of the other
fractions. Two methods are proposed: tracer response measurements or
solution of a set of simultaneous equations describing the system.

The tracer technique involves monitoring the column outlet for detect-
able materials at constant fluid velocity after the material has been in-
jected into the column. A concentration profile may be plotted against
time, and a mean concentration and residence time may be determined.
Multiplying the volumetric flow rate by the mean residence time yields the
average liquid volume holdup. The material injected might be a dye or
jonic solution whose concentration is detected by a spectrophotometer or
conductivity meter, respectively.

The second method, only applicable to fluidized beds, involves solving
two simultaneous equations:
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+e. +¢ = 1.0
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8P = (g p +egpg + egpp)H

The solid volume fraction is accurately determined by Eq. (12). A1l
values except the gas and 1iquid volume fractions are known or determined
by experimentation. Solving the above two equations for the gas and liquid
volume fractions yields:

PL = EsPL - %B * €405
6 0, - P (13)
L~ Pg
PL = EsPL - %E'+ €Ps
g, = 1.0 - ¢€¢ - (14)
L S pL pG

This method would require accurate determinations of both bed height (see
Appendix 8.1) and pressure drop through the bed. A second manometer should
be attached at the top of the bed and its height compared to the current
manometer so that the pressure drop in the bed can be calculated without
the interference of the bubble column region. A glass or rigid, clear
plastic tube inside the column with a J-shaped end to prevent the entrance
of gas bubbles can be used if the tip is small enough to prevent the entry
of packing particles. Since the manometer level will usually be below

that in the column, a small layer of colored 0il at the top of the manometer
would make the liquid height much easier to measure. If the tube is small
and is kept against the column wall, there should be Tittle disruption of
flow or dispersion.

4.1.8 Future Work on Hydrodynamics

Although an objective of the hydrodynamics study was to define the
various phase volume fractions as a function of the superficial velocities,
particle diameter, density, and shape factor so that the fluidization be-
havior at particular operating conditions can be predicted, the scatter of
data for the effect of flow velocities on gas volume fraction was so large
that only one valid correlation could be derived. Therefore, the recomenda-
tions for further work in hydrodynamics are:

1. Eliminate or quantify the sources of error in gas volume fraction
measurements.

2. Determine the 1iquid volume fraction independently as proposed in
the previous section since the increased uncertainties associated with
measurement of gas and solid volume fractions give inaccurate determination
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of 1iquid volume fraction as the difference of gas and liquid volume
fractions from one.

3. Test Eq. (10) against the data once accurate correlations of
volume fractions as a function of the above parameters are derived.

4. Use packed bed correlations for the regime prior to fluidization.

5, Perform a dimensional analysis to determine

AP UL DpUgPL D
F(€ sE) s Ecy ¢ s T T s T7 o Re = _E___—E _B) =0
G>7L* ~S* S esfbs - (erG + eLpL)]H UG i H
(15)

These parameters may be correlated to include various forces influencing
the fluidization behavior, including the inertial forces represented by
the Reynolds number and the drag and gravitational forces. Several corre-
lations of interest are:

AP L}
eslog = Tegog Fep TR ~ flgg) (16)
eg = flRe, ¢) (17)
© = f(R
L e, ¢S) (]8)

4.2 Mass Transfer

4.2.1 Experimental Conditions

Mass transfer experiments were completed for two types of packings:
a 40-cm column of 0.25-in. Plexiglas spheres and a 48-cm column of 4x8
mesh alumina beads and a bubble column. The choice of operating conditions
for the experiments was given in Sect. 3.3. These operating conditions
are listed in Table 5. Run Nos. 18, 20, and 21 from Saad gﬁ gl,(l) are
included for comparison. The extraction factor, F, which characterizes
the operating conditions is defined as

(3—2)

Mexp



Table 5. Summary of Mass Transfer Experiments

% Error
My., - M U
L ’s m m ( ]1; =) mexp(U_
Run No. Type of Packing (cm/sec) (cm/sec) exp 1it 1it
A* %-in. Plexiglas 0.884 1.67 0.746 0.885 +15.7 0.395
B %-in. Plexiglas 2.14 4.05 0.954 0.865 -10.3 0.504
C bubble column 2.14 4.05 0.901 0.800 -12.6 0.476
D %-in. Plexiglas 3.39 6.45 0.987 0.894 -10.4 0.519
E* 4x8 mesh alumina 3.39 6.45 0.839 0.876 + 4.2 0.441
F bubble column 3.02 6.45 1.093 0.889 -22.9 0.512
G 4x8 mesh alumina 4.63 8.80 0.856 0.815 - 5.0 0.450
avg 11.6
Saad 18 4x8 mesh alumina 3.12 12.1 0.979 0.898 - 9.0 0.253
Saad 20 4x8 mesh alumina 5.48 11.7 1.216 0.910 -33.6 0.572
Saad 21 4x8 mesh alumina 5.48 11.6 1.237 0.922 -34.2 0.584

G¢

*
Incipient fluidization
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where meyp is the experimental Henry's Law constant and is included in
Table 5. The 1iterature value of Henry's Law constant, mjit, is also
included in Table 5 and can be compared to the experimenta1 values. In
Runs 20 and 21 of Saad et al. (1), the experimental and literature values
of Henry's Law constant differed by more than 30% which makes the validity
of these runs questionable. Run F of this study is also questionable
because of the 23% deviation in Henry's Law constant.

In Runs E and G in which 4x8 mesh alumina packing was used, an equi-
1ibrium determination could not be made because the packing slowly disin-
tegrated and released acidic silicates into the liquid and continually
changed the column pH. The equilibrium data to obtain the Henry's Law
constant for Runs E and G were taken from Run C which had approximately
the same column temperature.

4.2.2 Column Concentration Profiles

Plots of the experimental concentration profile, X, and the dimension-
less column height, Z, are presented in Figs. 7 through 16. The fractional
approach to equilibrium, X, is defined as:

mC - C

Gin L

and the dimensionless column height, Z, is defined as:

hsamp]e port
htop port

(20)

For each mass transfer experiment a theoretical column concentration
profile was obtained using a dispersed 1iquid and gas plug flow model (1).
These theoretical profiles are drawn in the figures. The experimental
fractional approach to equilibrium obtained at the top of the bed was used
to calculate an overall mass transfer coefficient from the dispersion
model with an assumed dispersion coefficient. A theoretical column con-
centration profile was then obtained from this overall mass transfer coef-
ficient. The value of the dispersion coefficient that best fit the model
to the data was selected by trial and error. The computer program used in
this procedure is presented in Appendix 8.6.

In Runs B and C and Saad's Run 21, the value of the fractional approach
to equilibrium at the top port deviated from the remainder of the data.
For these runs the fractional approach to equilibrium at the outlet used
in the theoretical concentration profile was obtained by extrapolating the
plot of the experimental fractional approach to equilibrium as a function
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of dimensionless bed height. The concentration profiles for runs of Saad
et al. (1) are based on a column height from the Tiquid rather than the gas
distributor which Saad used as explained in Sect. 8.4.1.

The dispersed liquid flow model approaches a plug flow model at low
values of the dispersion coefficient and a well-mixed (CSTR) model at high
values of the dispersion coefficient (1). For the Plexiglas runs, as the
Tiquid and gas flow rates increased, the flow pattern changed from approxi-
mately plug flow to CSTR flow. In the alumina runs, Figs. 11 and 13 to
16, the Tiquid flow pattern deviated much less from plug flow than in the
Plexiglas runs for similarly fluidized conditions.

In Table 6 the operating conditions, dispersion coefficient, and
overall mass transfer coefficient are summarized for eaﬁh run. The average
dispeEsion coefficient for the Plexiglas runs was 81 cm¢/sec compared to
37 cm¢/sec for the alumina runs. Runs D and E with Plexiglas and alumina,
respectively, were conducted at identics] operating conditions. The dis-
persion coefficients were 115 and 0 cmé/sec, respectively.

Table 6. Summary of Dispersion Coefficients and
Overall Mass Transfer Coefficients

U Ug E KLa
Run Packing (cm/sec) = (cm/sec) (cm2/sec) (sec'])
A %-in. Plexiglas . 0.884 * " 1.67 4 0.0124
B %-in. Plexiglas 2.14 4.05 125 0.0342
C bubble column F2.14 ~ 4.05 35 0.0736
D L-in. Plexiglas 3.39 6.45 115 0.0384
E 4x8 mesh alumina 3.39 6.45 0 0.109
F bubble column 3.02 6.45 70 0.0480
G 4x8 mesh alumina 4.63 8.80 : 30 0.0894
Saad 18 4x8 mesh alumina 3;]2 12.1 .110 0.0595
Saad 20 ‘ 4x8 mesh alumina 5.48 11.7 27 0.0773
0.0993

Saad 21 4x8 mesh alumina 5.48 11.6 20
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The average dispersion coefficient for the bubble column runs was 52
cm?/sec. For Run C in Fig. 9, a value of 0.43 was used for the fractional
approach to equi]ibr;um at the top of the column to obtain a dispersion
coefficient of 35 cm“/sec. The value of the dispersion coefficient, however,
was very sensitive to the value of the fractional approach to equilibrium
at the column top. When the value (0.45) of the experimental point at Z=1
was used from Fig. 9 rather than the value of 0,43 obtained from the extrap-
olated curve, a dispersion coefficient of 55 cmz/sec was found.

Experimental bubble column dispersion coefficients were compared to
previous correlations (3). For Run C a Titerature value 8f the dispersion
coefficient for countercurrent flow was found to be 84 cm¢/sec (see Appen-
dix 8.3). This value is higher than ths experimental values for cocurrent
flow, which ranged between 35 and 55 cm¢/sec. For Run F_the literature
value of the dispersion coeffic;ent was found to be 72 cm?/sec compared to
the experimental value of 70 cm“/sec. Although the experimental and reported
values of Henry's Law constant differed by 23%, the dispersion coefficient
was found to be quite insensitive to changes in Henry's Law constant. A
25% change in the value of Henry's Law constant changed the dispersion
coefficient by 3 to 5%.

In Run F the experimental values for the fractional approach to equi-
librium as a function of dimensionless height formed a smooth curve with
few deviations from the dispersed model. In Run C the values of the frac-
tional approach to equilibrium at the top of the column deviated from the
rest of the data. The dispersion coefficient was more sensitive to the
fractional approach to equilibrium at the top of the column than to varia-
tions in Henry's Law constant. Better agreement between the reported and
experimental values of the dispersion coefficient in Run F than in Run C
is due to the more consistent data of Run F.

4.2.3 O0verall Mass Transfer Coefficients

For 4x8 alumina and %-in. Plexiglas packing and an open bubble column,
a plot of overall mass transfer coefficients is presented as a function of
superficial gas velocity in Fig. 17. For a constant superficial gas
velocity, the calculated overall mass transfer coefficients decreased in
the following order: 4x8 mesh alumina packing, bubble column, and 4%-in.
Plexiglas packing.

The overall mass transfer coefficients for the Plexiglas packing in-
crease to 0.035 sec™' at a superficial gas velocity of 4 cm/sec where they
remained approximately independent of gas velocity. In Run A the liquid
superficial velocity of 2 cm/sec was just below incipient fluidization.
Based on two data points, the overall mass transfer coefficients obtained
for the bubble column decrease in magnitude with increasing gas velocity.
At the superficial gas velocity of 4.1 cm/sec, the experimental concentra-
tion profile was not very consistent as explained in Sect. 4.2.2 and intro-
duced an error of more than 10% in the overall mass transfer coefficient.
For the overall mass transfer coefficient at a superficial gas velocity of
6.5 cm/sec, the experimental Henry's Law constant was 23% higher than the
Titerature value. In both cases the errors would tend to decrease the
overall mass transfer coefficients in Fig. 17.
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Run 18 of Saad et al. (1) for the 4x8 mesh alumina and a superficial
gas velocity of 12.1 cm/sec had a packed bed height of 13 cm and top sample
port at 48 cm. The overall mass transfer coefficient was in the range of
the overall mass transfer coefficient for the bubble column runs because,
with the low bed height, the column was in effsct a bubble column. In
addition, the dispersion coefficientzof 110 cm¢/sec was similar to the dis-
persion coefficients of 35 and 70 cm“/sec for the other bubble column runs.
The other overall mass transfer coefficients for the 4x8 alumina packing
were scattered between 0.0773 and 0.109 sec™! and generally appeared
to decrease with increasing gas velocity. Runs 20 and 21 of Saad et al.
had experimental values of Henry's Law constant which were over 30% greater
than the corresponding reported values. With this deviation, the overall
mass transfer coefficients for these runs may be 10% lower than those
plotted in Fig. 17.

Michelson and Ostergaard (2) have noted that for particles of similar
density (2.6 gm/cc), large particles (6 mm) increase and small ones (1 mm)
decrease the overall mass transfer coefficient compared to that found in a
bubble column for similar flow conditions. The %-in. (6.4 mm), 1.9-gm/cc
alumina beads currently used also increased the overall mass transfer
coefficient. In addition, the less dense (%-in., 1.2 gm/cc) particles as
well as smaller (1 mm, 2.6 gm/cc) particles lower the overall mass transfer
coefficient.

An extrapolation of the dispersion coefficient plot of Michelson and
Ostergaard (2) into the low flow region currently studied gives values
which generally agree with the dispersion coefficients found for L%-in.
alumina beads. A quantitative correlation of solid density effects will
require more accurate 1iquid volume fraction data.

5. CONCLUSIONS

1. Liquid volume fractions may be better determined by accurate mea-
surement of the bed pressure drop or by the use of tracers such as dyes or
jonic solutions.

2. An increase in the superficial gas velocity decreases the superfi-
cial minimum 1iquid fluidization velocity. However, the minimum 1iquid
fluidization velocity quickly becomes independent of the superficial gas
velocity for superficial gas velocities of 1 to 4 cm/sec.

3. Increases in packed bed height lowered the minimum liquid fluidi-
zation velocity.

4. The solid volume fraction remains constant with increasing gas and
liquid velocities until the point of incipient fluidization, where the
slope of solid volume fraction as a function of liquid velocity shows a
distinct change. The following correlation was derived based on data for
three packings.



a1

u_ .-0.076%0.020
UL

e = 0.509( >

5. The gas volume fraction data were too scattered for a correlation
to be significant.

6. As the solid density increased, the solid and gas volume fractions
increased while the liquid fraction decreased.

7. The experimental techniques for measuring pressure drop, bed height,
and the phase volume fractions should be improved.

8. The dispersion coefficient (120 cm/sec) for %-in. Plexiglas spheres
is greater by a factor of three than for a bubble column at similar flow
rates. The overall mass transfer coefficient of 0.038 sec-! for the same
Plexiglas spheres is smaller by a factor of two at most.

9. The dispersion coefficient for 4x8 mesh alumina beads (30 cm2/sec)
is smaller than the coefficient for a bubble column with similar flows. The
liquid flow is app{oximated as plug flow. The overall mass transfer coeffi-
cient of 0.09 sec~! is larger than the bubble column coefficient by a factor
of 1.5 to 2.

6. RECOMMENDATIONS

1. The following improvements in experimental techniques are suggested:
(a) install a ball valve in the water drain line for gas volume fraction
measurements, (b) measure ‘the 1iquid volume fraction independently by a
pressure drop or a tracer method, (c) use a moveable J-shape manometer in
the column to measure the pressure at the top of the bed and more accurately
determine the pressure drop across the bed, (d) develop a standard experi-
mental method to determine the degree of fluidization, and (e) develop a
standard method to determine the bed height (e.g., photograph determination
of the region containing a fixed fraction of particles).

2. For the further study of hydrodynamics (a) better data should be
obtained to test the correlations presented, (b) the existing Titerature
correlations should be modified for two phase fluidized beds to include a
third phase, and (c) further correlations should be developed by dimensional
analysis.

3. For the further study of mass transfer (a) the bed height should
be raised closer to the outlet to reduce the effect of backmixing from the
bubble column region to the top of the bed and (b) the alumina beads should
be replaced with an inert and non-brittle material so water can be cycled
through the stripper at high flow rates without clogging the liquid disperser.
Equilibrium can then be more accurately determined.



42

7. ACKNOWLEDGMENT

We express our gratitude to J.M. Begovich and J.S. Watson for their
help during the course of the project.



43

8. APPENDIX
8.1  Hydrodynamic Experimental Procedure

The column pressure drop, expanded bed height, bubble column height,
and total gas volume fraction were measured for each set of operating
conditions. The column pressure drop was measured as a difference in water
Tevel between the sight tube and the column. Since the sight tube extended
upward from the point at which the pressure drop of the column was measured,
the elevation difference was eliminated and the level difference was the
actual pressure drop. The expanded bed height was defined as the height at
which the homogeneous, dense, three-phase region ended and the bubble
column region with scattered particles started. The bubble column height
was a measure from this point to the water level of the column. In most
cases the two regions should be apparent. However, a measurement error
due to poorly defined regions was substantial for high superficial veloci-
ties and for 3/32-in. Plexiglas cubes.

The total gas volume fraction was calculated from the drop in height
of the column water Tevel due to a simultaneous closing of both inlet gas
and liquid flows. The drainage tube was closed to prevent water in the
column from draining. Leakage of this tube and the closing of the valves
were major sources of error.

Alumina beads which evolve heat when absorbing water were pre-treated
with water. A known volume of dry Plexiglas or drained alumina was weighed,
and water was then added to yield the void fraction. The particle density
and the buoyant weight of the solid were then calculated.

Additional experiments without packings were performed for various
superficial gas velocities (0.57, 1.51, 2.47, and 3.51 cm/sec) and for four
heights (40.2, 65.7, 87.2, and 121.7 cm). Subtraction of the bubble column
pressure drop from the total column pressure drop yields the pressure drop
through the three-phase region.

A better procedure for determining the fluidized bed height would be
to photograph the column during operation with a meter stick next to the
column, By counting the spouting beads in the column, a height can be
determined where 95 to 99% of the beads are in the lower part of the column.
The heights obtained would be more accurate and consistent than those
obtained by the current method, i.e., estimation through observation.

8.2 Mass Transfer Experimental Procedure

Predetermined water, air, and carbon dioxide flows were set on the
rotameters. For high liquid flow rates, the water passed through a counter-
current air stripper and returned to the feed tank. Otherwise, the water



44

leaving the bed was sent to the drain. The aqueous carbon dioxide concen-
tration was monitored until four consecutive samples at 10-min separations
agreed within + 0.05 ml acid in the titration.

When steady state was achieved, samples were taken from five ports
and from the tank,if not done previously, to be titrated for carbon dioxide
content. After the sample port hose was opened and filled, the 10-mI
pipette was inserted and allowed to fill and then to overflow for about
20 sec. If an air bubble passed through, the 20-sec count was restarted.
While this sample drained into a sample bottle containing sodium hydroxide
solution, a second sample was taken with a second pipette. Both pipettes
were rinsed with distilled water, and water drops were blown out with air.
Samples were taken downward from top port to bottom, or tank, and were
repeated four times.

After the column height and temperature were recorded, the water flow
was stopped, the height Towered to prevent diffusion through the outlet
port, and the column was monitored until equilibrium was reached. Again,
four samples from the column consistent within 0.05-ml acid over about
45 min constituted equilibrium. The column temperature and height were
again recorded.

Samples were titrated with a Radiometer Copenhagen automatic titrator.
Each sample bottle was filled, under an argon blanket, with 10 ml of a
sodium hydroxide solution of known normality and capped with a ground glass
stopper. After the sample was added, the solution was titrated with hydro-
chloric acid, again under an argon blanket, to an 8.3 pH endpoint.

On the first day, a known 0.1 N hydrochloric acid solution was used
to determine the normality of a prepared sodium hydroxide solution of
about 0.01 N. This solution was then used to standardize a 0.01 N hydro-
chloric acid solution. On succeeding days the 0.01 N acid concentration
was assumed constant and was used to re-standardize the basic solution.

8.3 Sample Calculations

8.3.1 Pressure Drop for the Three-Phase Region

Two sets of measurements were taken to derive the pressure drop, AP,
for the three-phase region, the pressure drop for the entire column (both
three-phase and bubble column region), and for the bubble column in a dif-
ferent experiment. Sufficient runs were taken to determine the bubble
column pressure drop as a function of gas superficial velocity and the
height of the bubble column. The operating conditions used in the bubble
column correlation were similar to those of the fluidized bed. The pressure
drop of the three-phase region was calculated by:

AP = AP - AP (21)

three-phase total column bubble column
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For example, using the results from Run IV for UP = 1.51 cm/sec and UL B}
= 2.53 cm/sec, one obtains ?

= = 2
APt ree phase 1.3 -(-3.9) = 5.2 gm/cm

8.3.2 Buoyant Solid Bed Weight Per Area

First the weight of a dry solid, W, was measured for a known volume
of the solid, Vc. Then the volume of water, V|, required to occupy the
void fraction of the bed was measured. The density of the solid, pg, was
calculated from:

- W (22)

1f the data from Run IV are used, then

- 1140 gm
Ps 7000 cc - 408 cc

= 71.93 gm/cc

Since the buoyant force is defined as:

W(pe = 0,)
- S 11
wbuoyant - Ps (23)

and the cross sectional area, A, of the column is:
A = mrf (24)
then the buoyant pressure is:

wbuoyant W(PS i pL)

A

: (25)
T Pg

Thus, for Run IV,

wbuoyant _ 1142 gm(1.93 - 1.00 gm/cc) _ 12.07 gm/cm2
A 7(3.81 cm)2 1.93 gm/cc
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8.3.3 Volume Fraction Determination

For the data from Run IV when Ug = 1.51 cm/sec and U = 3.14 cm/sec,
the solid volume fraction is:

W oo 1142 gm
HA (1.93 gm/cc)(2T1.6 cm)(45.6 cc)

0.60 (2)

€
S Pg

To determine the gas volume fraction in the three-phase region, experi-
ments with the same packing but at different bed heights were performed for
similar flow conditions. The gas phase volume fractions, €5, for the two
columns shown in Fig. 18 with the same cross sectional areas, are:

h

EN e = oy = Ay g

ooy * Epohp = ey = My o

where €, is the volume fraction of the three phase region and e,, is the
volume }laction of the bubble column region. If the gas volume }?actions
in each respective region are independent of the bed height, then

€11 = €99 (28)
12 T €22 (29)
and Eqs. (26) and (27) may be solved simultaneously for ey and e,:
L gy - Blhy, )
T hyghyp = hgehyy
AHy - €44h
] 11711
€ = (31)
12 h.|2

If the results from Run IV (sets d and h) are substituted in Eqs. (30) and
(31), then
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(7.7 em)(84.3 cm) - (8.0 cm)(106.2 cm)

€1 = TTE )83 cn) = (39.7 am(106.2 am) ~ 0-98%
_ 7.7 cm - (0.0837)(21.6 cm)
g * 106.2 cm 0.0555
Equation (3) is used to determine the liquid volume fraction.
e = 1 - €g - € * 1 -0.60 -0.084 = 0.32 (3)

8.3.4 Determination of UR
Umf

For turbulent flow the Ergun equation reduces to the Blake-Plummer
equation:

3
s 9 Dptns - 1.75 (32)
Lo = 1.

mf

o .

Equation (32) is solved for Ug .
m

(T -ens) 1 on
us = 1.75 L R (33)
Gmf" »\[ D 83 9 (-4P)

At fluidization

_ W
AP = g (34)
For 4x8 mesh alumina,
AP = 2.52 1b/0.0491 ft2 = 51.3 1b/ft2

Substituting into Eq. (33),
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/\/ﬁ; J5 (1 - 0.408) 1 (0.0749 1b/ft%)(0,738 ft)
: 5 4

(o=
[epXol
|

mf

6.38 ft/sec = 194 cm/sec

Checking the Reynolds number to determine if the flow is turbulent:

DeUs  0.25 £t(0.0749 1b/ft3)(6.4 ft/sec)

Re = E
H 1.08 x 10”7 1b/ft-sec

(35)

11,000

The assumption of turbulent flow is valid.

8.3.5 Bubble CoJumn Correlation for E|

The axial dispersion coefficient, E|, is determined from the Peclet
number, Pe, which is defined as:

bu
Pe = _6 (36)
L

The Peclet number is a function of bubbly or slugging flow. Correlations
have been developed for each flow regime (3). For the bubbly flow regime,

Pe = 11.12 ReD-82 a,~0.45 (37)
where:
DUg
Re = -~ (38)
and
03
Ar = —39- (39)
V

For the slugging flow regime,

pe = 0.387 Re-2® 7013 (40)
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where:

_ Dpo
Su = ~— (41)

The transition between bubbly flow and slugging flow may be reliably
predicted from the intersection of Egs. (37) and (40). The observed
Peclet number is usually the lower (greater axial mixing) value of the
Peclet number across the transition (3). For Run C,

Re = (1:62.em)(8.05 en/sec) . 3 6oy x 10
8.571 x 10~ cm”/sec
3 2
Ar (7.62 cm) §§§0-720m/se§ L - 5.907 x 10°
(8.571 x 107~ cm“/sec)
3 2
S (7.62 cm)(0.997 gm/cm”)(71.66 gm/sec”) _ 7 456 x 10f

(8.545 x 10'§gm/cm-sec)2

If the flow regime is bubbly,

Pe = 11.12(3.601 x 10%)2-82(5.907 x 10%)70-4° - 0.3675
If the flow regime is slugging,
Pe = 0.387(3.601 x 105)0:25(7.456 x 108)70:13 - ¢.3832

Since the Peclet number is smallest for bubbly flow, bubbly flow is the
important flow regime. A Peclet number of 0.3675 is used in the calculation
of the axial dispersion coefficient from Eq. (36) which was rearranged:

DU
_ G _ (7.62 cm)(4.05 cm/sec) _ 2
EL = Pa = R = 84 cm”/sec (42)

The value of the experimental dispersion coefficient was 35 cm2/sec.
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8.4 Previous Mass Transfer Data

The mass transfer data collected by Saad et al. (1) were recalculated
to correct for two errors and an assumption which could not be tested.
First the stoichiometric amount of carbon dioxide neutralized by one mole
of sodium hydroxide was 0.9975 as calculated by Reber et al. (4) rather
than the unsupported value of 0.9998. Secondly the sample port heights were
changed from the distance between the 1iquid disperser and the sample port
to that between the gas disperser and the port, the actual height in which
mass transfer may occur. Finally, the dispersion coefficient was determined
by fitting the data experimentally with the use of the computer programs
TPFBED and BLE. These changes were necessary for comparison of previous
and current results.

8.5 Literature Value of Henry's Law Constant

The value of Henry's Law constant was obtained from:

0.00459 (273 + T°C)
T2 ¥ (43)

Myt = 0.044 (T°C - 15)

This equation is plotted in Fig. 19.
8.6 Computer Calculations

Three computer programs, TPFXPM.F4,and the pair TPFBED.F4 and BLE.F4,
were used to calculate the mass transfer data.

8.6.1 TPFXPM.F4

The program TPFXPM.F4 is the result of the combined efforts of the
consultants, the previous group (1), and the work of Reber et al. (4). The
computer program was modified for this project. The current logic diagram
is shown in Fig. 20. The program accepts as input the experimental approach
to equilibrium for each port during the steady state run, the extraction
factor, and a value for Henry's Law constant from the equilibrium run. The
overall mass transfer coefficient and numbered transfer units for the plug
flow model are calculated. The dispersed model calculations, including the
BLE subroutine, have been moved to a separate program so the dispersion
coefficient may be easily varied. After the initial data have been processed,
an additional loop added for this study accepts as input only port height
and titration data for the calculations of the remaining ports in a run.

To reduce printing time, much of the explanation in the computer output

that was previously printed was transferred to comment statement, and the
repetitive printout of experimentally determined constants was eliminated.
The program Tisting of TPFXPM follows with sample input and outout for Run F.
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Henry's Law Constant (m1it)

.92

.90

.88

.86

.84

.82

.8n

1 T T T A \
- o - .0.00459(273 + T°C) )
1it = 1.2 # 0.044(1°C - 15)
pae -
pm -y
- -
= -
1 [ 1 | i 3
20 21 22 23 24 25 26 27

Temperature (°C)
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Accept as input:
Operating Conditions
Titration Data

41

Accept as input:
Port Height
Titration Data

!

Calculate:

m, F, X, NTU K, a

pf> “L%pf

!

yes

More Sample Ports?

lno

yes

New Data Set?

0

MASSACHUSETTS INSTITUTE OF TECHNOLOGY
SCHOOL OF CHEMICAL ENGINEERING PRACTICE
AT

OAK RIDGE NATIONAL LABORATORY

LOGIC DIAGRAM FOR

COMPUTER PROGRAM TPFXPM.F4

DATE
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Program Listing of TPFXPM.F4

898

899

900

999

901

902

% ok k & k Kk % &k ¥k %X X

* Kk &k Kk % % % ¥ X &k X

REAL NTUPF,NB,MEXP,MLIT,KLAPF,NA

DIMENSION DAT(4),VAL(25), ENTC(17)

DATA DAT/3HSTD, 2HTD, 3HTRD, 3HEQU/»

ENT/4HVCO2, 4HVAIR, 2HDC, 4HYLI Q, 4HPATM, 4HTCOL,» 2HDP,
1HH, 4HRHOL , 2HNA, 4HHDEQ, 4HHSEQ, SHSTOIL C, 2HVB, 2HEX,
2HYV S, 3HHEP/

Jd = 0

TYPE 898

FORMAT( * DO YOU WANT A LISTING OF THE ABBREVIATICONS "SED
IN THIS PROGRAM?(YES = 1, NO = 0)°*/)

ACCEPT 899, RES

FORMAT(I2)

IF(RES .EQe 0 ) GO TO 9

TYPE 900

TYPE 999

FORMAT( * THE ABBREYS FOR REQUESTED DATA FOLLOW. /
TYPE IN ONE VALUE PER LINE WHEN ITS ASKED FOR. /
ALL UVALUES MVUST INCLUDE DECIMAL POINT.‘/

* &TD IS FOR ACID-BASE STANDARDIZATION® /

TD IS FOR TANK DATA’* /

TRD IS FOR TITRATION RUN DATA’® /

EQU IS FOR EQUILIBRIUM DATA* /

EX IS DISPERSION COEFFICIENT(SQCM/SEC)* /
IC02 IS FOR VOLUMETRIC CO2¢(CC/SEC>* /

JAIR IS FOR AIR FLOW RATES(CC/SEC>* /

> - > A ]

DC IS FOR COLUMN DIAMETER(CM) 4
VLIQ 1S FOR YOLUMETRIC WATER FLOW RATE(CC/SEC>* /)
ORMAT( PATM 1S FOR ATMOSPHERIC PRESSURE(MMHG) *© /

[ IR T N

TCOL IS FOR COLUMN TEMPERATURE 0C* /

DP IS FOR PRESSURE DIFFERENCE(MMHG) * /

H IS HEIGHT OF SAMPLE PORT(CM) * /

RHOL IS FOR DENSITY OF LIQUIDC(G/CC) * /

NA IS FOR THE NORMALITY OF THE ACID’ /

YB IS FOR THE VYOL'™E OF THE BASE(ML) * /

7S IS FOR THE YOLUME NF THE SAMPLE(ML) * /

HEP IS FOR SAMPLE PORT HEIGHT(EQUIL. RUNI(CM) ° /
HSEQ IS FOR STATIC EQ. HEIGHT(CM) * /

*‘HDERA 1S FOR DYNAMIC EQ HEIGHT(CM) * /

* STOIC IS STOICH.COEFF."* /)
J=1

TYPE 901, DAT(J)

FORMATC(* TYPE IN THE N'™MBER OF VALUES YOU HAVE FOR
THE’, 2X, A4, * (<=258),°*/"* THEN TYPE IN THE VALUES.‘/ )
ACCEPT 902,N,(VALCI),LI=1,N+1)D
FORMAT(I 3, 77X, (Fl14.7,66X))

Av=0.,

SD=0.

RN=N

DO 10 I=2,N+1

- v > > > - > >
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12

BN

903

11
990

991

55

AY=AU+UAL (I ) /RN

IF (RN.EQ.1.) GO TO 13
TSD=10.

DO 12 1J=2,N+1

TSD=TSD + (AY - VAL(IJ))%**2
SD=SQRT(TSD/(BN-1.))

GO TO (1,2,3,4)d

TAA = AV

GO0 TO 7

TAB=AY

G0 TO 7

TAC=AY

GO TO 7

VAD=AY

TYPE 903, AY, SD

FORMAT(* AYERAGE = *,2X,E13.7,4X, * STAND DEY =",
4X,E137)

J=J+1

IF(JJ.ER.1) G0 TO 11
IF(J.LE«s4) G0 TO 6

K=1

TYPE 990, ENT(K)

FORMAT(* ENTER VALUE FOR*,2X ,AS5/)
ACCEPT 991, EVAL

FORMAT(F14.7)

GO TO C(111,112,113,114,115,116,117,118,119,120,123,
124,125,121, 126,127, 128)K
Uc02=EVAL

GO TO 122

UVAIR=EVAL

G0 TO 122

DC=EVAL

GO TO 122

YLIQ=EVAL

GO TO 122

PATM=EVAL

GO TO 122

TCOL=EVAL

G0 TO 122

DP=EVAL

GO TO 122

H=EVAL

IF(JJ.ERQ«1) 50 TO 50
G0 TO 122

RHOL=EVAL

GO TO 122

NA=EYAL

GO TO 122

HDER=EVAL

GO TO 122

HSEQ=EVAL

GO TO 122
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121

126

127

128
122

50

56

STOIC=EVAL

GO TO 122

UyB=EVAL

GO TO 122

EX = EVAL

GO TO 122

US = EVAL

GO TO 122

HEP = EVAL

K=K+ 1

IF(X.LE.17)G0 TO 11

NB=NA*YAA/VB

NB IS NORMALITY OF BASE
CXTANK=(NB*UB=-NA*YAB) /( STOIC*US)

CXTANKX IS CO2 CONCENTRATION IN FEED TANK
CXEQBM= (NB*UB=NA*VAD) /(STOIC*VS)

CXEQBM IS CO2 CONCENTRATION IN LIQUID AT EQUIL
YCO02=YCO2* SQRT(740./(PATM+DP))

UYAIR=UAIR* SORT(740./(PATM+DP))

CSA= 3.1416%DC*DC/4

1IY=(VCO2+VAIR) /CSA

1Y 1S GAS SUPERFICIAL VELOCITY(CM/SEC)
YCO2=YC02/(UCO2+VAIR)

YCO2 1S C02 BAS MOLE FRACTION

PEQB=(PATM+ (HDEQ~-HEP)*(HSEQ/HDEQ)*(10,/13.5) *RHOL)
/7760

CY=YCO2*PEQB/(0.08205%(TCOL+273.))

CY IS CO2 CONCENTRATION IN GAS
MEXP=CXEQBM/CY

MEXP 1S EXPERIMENTAL HENRYS LAW CONSTANT
MLIT=(C«00459%#(273.16+TCOL))/(1.2+0.044%(TCOL~-15.))
MLIT IS THE CORRESPONDING LITERATURE VALUE
nX=yLIQ/sCSA

F=MEXP#*1IX /1Y

F 1S THE EXTRACTION FACTOR

CXO= (NB*VB~-NA*TAC) /( STOLC*US)

CX0 1S CO2 CONCe. IN LIAQUID SAMPLE
X=(CXEQBM=-CXN) /( CXEQBM~CXTANK)

X IS DIMENSIONLESS APPROACH TO EQUILIBRIUM
NTUPF=ALOG( 1+ /(X=F+(X*F))) /(F+1.)

NT! IS NUMBER OF TRANSFER UNITS

PF 1S FOR PLUG FLOW

HTUPF=H/NTUPF

HTU 1S HEIGHT OF A TRANSFER UNIT
KLAPF=UX/HTUPF

KLA 1S UOLUMETRIC MASS TRANSFER COEFFICIENT
IF(JJ.ER.1) GO TO 5

TYPE 925,NB, CXTANK, CXEQBM, UY,MEXP,MLIT,YCO2, CY,UXs F
TYPE 926, CX0,X,NTUPF,HTUPF,KLAPF
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925 FORMAT(* NB = *,E13.7/7* CXTANK = *,El13.7/
: * * CXEQBM = *,E13.7/ * UY = *,E13.7/
* * MEXP = *,E13.7/ * MLIT = *,E13.7/
* * YCO2 = *,E137/ * CY = *, El13.7/
#* * X = *,E13.7/ * F = *, E13.7 )
926 FORMAT(® CX0O = *,E13.7/” X = *,E13.7/
* * NTUPF = *,E13.7/% HTUPF = *,E13.7/
* * XLAPF = *,E13.77)
TYPE 997
997 FORMAT(* ARE THERE ADDITIONAL SAMPLE PORT DATA

# TO BE“/* ENTERED?(YES = 1,NO = 0)°*/
ACCEPT 899, ANSW
IF (ANSW.EQ.0 > GO TO 76

J =3
Jd = 1
K =38
[0 TO 6
76 JJ = 0
TYPE 995
995 FORMAT(’* DO YOU WANT TO CONTINUE WITH THIS PROGRAM4

# BY ENTERING A“/* NEW SET OF DATA?(YES=1,NO0O=0) */)
ACCEPT 899, ANSY
IF (ANSW.NE. 0 ) GO TO 9
STOP

Sample Input and Qutput from TPFXPM.F4 Using Data from Run F

DO YOU WANT A LISTING OF THE ABBREVIATIONS USED 1IN THIS PROGRAM?(YES =
1, NO = 0)

0
TYPE IN THE NUMBER OF YALVUES YOU HAVE FOR THE STD (<=25),
THEN TYPE IN THE VYALUES.

4

9.52

9.54

955

9.50

AVERAGE = «9527500E+01! STAND DEY = «2217354E-01
TYPE IN THE NUMBER OF VALUES YOU HAVE FOR THE TD (<=25),
THEN TYPE IN THE VALUES.

4

8.93

5.95

8.85

8.91

AVERAGE = «8910000E+01! STAND DEV = «4320493E-01
TYPE IN THE NUMBER OF VALUES YOU HAVE FOR THE TRD (<=25),
THEN TYPE IN THE VALUES.
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4

7.98

797

T7.99

Te92

ATERAGE = «7965000E+01 STAND DEV = «3109126E-01
TYPE IN THE NUMBER OF VALUES YO!J HAVE FOR THE EQU (<=25).,
THEN TYPE IN THE VALUES.

4

6663

659

656

660

AVERAGE = «6595000E+01 STAND DEV = «2886751E-01
ENTER VALUE FOR UCO2

19.2
ENTER VALUE FOR VAIR

275.
ENTER VALU'E FOR DC

Teb2
ENTER VALUE FOR VLIQ

139.
INTER VALUYE FOR PATM

739.
ENTER VALU'E FOR TCOL

224
ENTER YAL''E FOR DP

84
ENTER VALUE FOR H

48 .
ENTER VALUVE FOR RHOL

0.998 ,
ENTER VALUE FOR NA

0.01038
EINTER UYALUE FOR HDER

129.5
ENTER VALUE FOR HSER

105,
ENTER VALUE FOR STOIC

0.9975
ENTER VALUE FOR VUB
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10.0
ENTER VALUE FOR EX

8¢5
ENTER VALUE FOR VS

10.0

ENTER VALUE FOR HEP
48.

MB = +9889545E-02
CXTANK = .6425714E-03
CXEQBM = +3051564E-02
Y =  6455583E+01
MEXP = .1093257E+01
MLIT = .8892373E+00
YCO2 = +6526173E-01
CY = +.2791258E-02

W =  +3047993E+01

F = +5161797E+00

CX0 = .1625940E-02

X = +5917927E+00
NTUPF = +6362930E+00
HTUPF = «7543694E+02
KLAPF = .4040452E-01

ARE THERE ADDITIONAL SAMPLE PORT DATA TO BE
ENTERED?(YES = 1,NO = 0)

1
TYPE IN THE N'MBER OF VALUES YOU HAYE FOR THE TRD (<=25),
THEN TYPE IN THE VYALUES.

4

3.3

8.13

8e.24

8.05

AVERAGE = +83180000E+01 STAND DEY = «1116542E+00
ENTER VALVE FOR H
177

CX0 = .+1402210E-02

X = +6846652E+00
NTUPF = .428898SE+00
HTUPF = .4126850E+02
KLAPF = .7385761E-01

ARE THERE ADDITIONAL SAMPLE PORT DATA TO BE
ENTERED?(YES = 1,NO = 0)

0
0 YOU wANT TO CONTINUE WITH THIS PROGRAM BY ENTERING A

NEWV SET OF DATA?(YES=1,N0O=0)

0
STOP
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8.6.2 TPFBED.F4 and BLE.F4

The subroutine BLE written by the previous group (1), who used the
technique used by Reber et al. (4), was transferred to a separate program.
An iterative technique was used to perform the inverse calculation of
Eqs. (5) and (6). The number of plug flow transfer units are accepted
as input and the corresponding number of backmix transfer units are calcu-
lated. The program TPFBED.F4 was written with the BLE.F4 routine to deter-
mine the best dispersion coefficient for each experimental concentration
profile. The logic diagram is shown in Fig. 21. With the experimental
outlet concentration, a value of the dispersion coefficient, and flow
variables, an initial backmix profile is determined. The dispersion coef-
ficient can then be varied so that the model profile will best approximate
the experimental profile. The overall mass transfer coefficients for the
three models are calculated for comparison. The program listing is presented
on the following pages with a sample output from Run F.

Program Listing of TPFBED.F4 and BLE.F4

DIMENSION PORTC10)
REAL XKLABM,XLACST,KLAPF
REAL*8 DF, DX, DPE, DNTUPF, DZ

3 TYPE 901
L =20
901 FORMAT(* TYPE NO. OF PORTS*)
ACCEPT 902,N1
902 FORMAT(I2)
TYPE 903
903 FORMAT(* ENTER PORT HTS IN INCREASING ORDER®)
ACCEPT 904, (PORT(I),I=1,ND)
904 FORMAT((F14.7,66X))
TYPE 905
905 FORMAT( * ENTER XEXP FROM TOP PORT*)
ACCEPT 906, XEXP
906 FORMAT(F14.7)
1 TYPE 907
M =0
9087 FORMAT(* ENTER VALUE OF EX*)

ACCEPT 906, EX
IF(L.EQ.1) GO TO 4

TYPE 908

908 FORMAT(C* ENTER F AND UX, ONE PER LINE*)
ACCEPT 909, F,UX

909 FORMAT((F 1447, 66X))

DNTUPF=ALOG( 1+ /(XEXP=-F+ (XEXP*F)))/(F+ 1)

KLAPF = (DNTUPF#*UX)/PORT(ND)
KLACST=UX*ALOG(XEXP/(XEXP#*#F+XEXP-F)) /(F¥PORT(N1))
TYPE 915,XLAPF,XLACST
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Accept: Port heights, F, U

X (outlet)

X’

!

Accept: EL

|

Calculate: NTUpf, KLapf’ KLaCSTR

]

Subroutine BLE
Calculate KLabrn at Z=1

!

Subroutine BLE
Calculate X(2Z)

'+

yes

Enter new EL?

lno

yes

Enter new data set?

no
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FORMAT( * KLAPF = *>F14.77* KLACST = *»Fl4a.7)
DPE = PORT(NI1)®*UX/EX

DF = F

DX = XEXP

DZ = 1.

NS = 0

CALL BLE(DF., DX, DPE, DNTUPF, DZ,NS)
KLABM = DNTUPF#UX/PORT(ND)
TYPE 914, KLABM

FORMAT(* KLABM = *bFl4.7)
DO 2 1 = 1,NI

DZ = PORT(I)/PORT(NI)

NS = 1

CALL BLE(DF, DX, DPE, DNTUPF, DZ,N5)
IF(M.EQ.1) GO TO S

TYPE 916

FORMAT(8X, *Z %, 12X, *X*)

M =1

TYPE 910,DZ,DX

FORMAT(F14.7,El4.7)

CONTINUE

L =1

TYPE 911

FORMAT(* ENTER NEW EX?(YES=1,NO=0) ")
ACCEPT 902, N3

IF (N3.EQ.1) GO TO 1

TYPE 913

FORMAT( * DATA FOR NEW RUN?(YES=1,NO=0)*)
ACCEPT 902,N4

IF(N4.EQ.l) GO TO 3

STOP

END

SUBROMTINE BLE (F,LHS, PE,NOX,2Z2,X)

THIS PRM3RAM CALC!I'LATES “TRUE™ NOX BASED ON THE MATHEMATICAL
r
bl

MODEL THAT INCL''DES AXIAL MIXIN

IN THE LIQ"ID PHASE,X.

CALCV'LATION OF NOX: FIRST NNX IS BOUNDED
NTI=LOVER BO'ND, NTI!T PLIS FLOW NT'2="PPER BQO''ND, ARBI TRARY

THE
THE
THE
THE

MIDPOINT OF THE INTERVAL IS WSED TO E"ALYATE THE RHS OF
EQUATION THICH IS COMPARED TN THE CONSTANT LHS.
INTER"AL 1S THEN !'JPDATED AND A NEW MIDPOINT CHOSEN.
PRACESS IS REPEATED 20 TIMES TO INS''™®E THE RAdS = LHS

IMPLICIT DNUBLE PRECISINMN (A-H,L-Z)
IF(X.EQ. 1) 10 TN 111

J=10

NTII=NNX

NTI1I2=15.D0

CONTINIE

J=Jd+1

IF (J-20) 110,1000,1000
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110 NOX=(NTITI+NTH2) /2. 0D0
111 A =((NOX/PE)-(1.0D0/F))#**2,0D0
8 =(4.0D0/(F*PE))*((NOX/F)+NOX)
C =DSART(A+B)
Rl =(~((NOX/PE)-(C1.0D0/F))+C)/(2.0D0/(F*PE))
R2 =(=-((NOX/PE)-(1.0D0/F))~-C)/(2.0D0/CF*PE))
El =DEXP(RI1)
E2 =DEXP(R2)
H! =1.0D0-CR1/PE)

H2 =1.0D0-(R2/PE)
T1 = DEXP(R2%Z)/(R2*DEXP(R2))
T2 = DEXP(RI*Z) /(RI*DEXP(RI1))

D!l =H2/(R2*E2)
D2 =H1/(RI*E1)
DN =(T1-T2)/(D1-D2)
T1 =1.0D0/CF+1.0D0)
"HS=1.0D0~-F1+(F1#*DN)
IF(K.EQ.0) 30 TC 4
LHS=RHS
GO TC 1000
4 IF (RHS-LHS 1,2,2

1 NTU'2=N0OX
50 TO 100

2 NTI ] =NOX
50 TO 100

1000 CONTIN''E

C PROGRAM BY BURKE
RETUIRM

END

Sample Input and Output from TPFBED.F4 and BLE.F4

TPE NON. OF PORTS

6

ENTER PNRT HTS IN INCRFASING ORDER
00.0

8.7

17 .7

26,7

38 .7

3.0

ENTER XEXP FROM TOP PORT
0.5918

FNTER YALV'E NF EX

70

FNTE® F AND "X, ONE PER LINE
0.5446

3.048



{LAPF =
KLACST
{LABM

—_—o
Ro N
—_—

oo

No

oo

oo

g.
0.
0.3687§00
0.5562500
0.3062500
1.0000000

0.0409309%
0.0549222

0.0473743
X

B0SS5103E+00
7385155E+00
6824176E+00
0.6390454E+00
0.6017340E+00
0.5913056E+00

0.
0.
0.

EMTER NEW EX?(YES=1,N0N=0)

1

ENTER VAL''E OF EX

60,
XLAB!M1

z

0.0000000
0.1812500
0.3537500
0.5562%00
0.8052500
1.0000000

0.0473760
X
0.8212513E+00
0.7493498E+00
0.A3833935E+00
06417701E+00
0.6005563E+00
0.5393199E+00

FNTER NEW EX?(YES=1,%MN0=0)

0
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DATA FQOR NEY RIIN?(YES=1,NO=0)

0
sTOP

The original data are located in ORNL Databook A-7219-G, pp.
on file at the MIT School of Chemical Engineering Practice, Bldg.

ORNL.

A cross-sectional area of column, cm

8.7 Location of Original Data

8.8 Nomenclature

Ar  Archimedes number, D3g/v

a interfacial area/volume of equipment, cm-!

C concentration, gmo]e/cm3

1-84,
3001,
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D particle diameter, cm
E dispersion coefficient, cmz/sec

F extraction factor, mU; /U, except in Sect. 4.1.7 where it is Fisher F,
used in the variance %es

9¢ acceleration due to gravity, cm/sec2A

H height of column or bed, cm

h height of column or bed, cm

K overall mass transfer coefficient, cm/sec
m Henry's Law constant, CLeq/CG

Pe Peclet number, ULH/EL

AP pressure drop, gm/cm2

Re Reynolds number, DUG/v

Su  Suratman number, Dpo/u2

U velocity, cm/sec

volume, cm3

zE <

weight of solids in a column, gm

X dimensionless approach to equilibrium
YA dimensionless column height, h/H

€ volume fraction

o density, gm/cm3

o shape factor

o surface tension, dynes/cm

v 1iquid kinematic viscosity, cm2/sec

u liquid viscosity, gm/cm-sec

My solution of Eq. (6) for constants for Eq. (5)
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Subscripts
b corrected for buoyancy

bm backmix or dispersed
CSTR continuously stirred tank reactor; well-mixed
eq equilibrium

exp experimental value

G gas phase

in inlet

L 1iquid phase

1it  Tliterature value

mf minimum fluidization
ns non-solid phases

pf plug flow

S solid phase

Superscripts

o]

evaluated at U =0 for subscript G; evaluated at Ug=0 for subscript L

normalized on a solid-free basis
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